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Abstract 
   Hollow fibre membrane distillation (MD) modules have a more compact structure than flat sheet 
membrane modules, providing potentially greater advantage in commercial applications. In this 
paper, a high-flux asymmetrically-structured hollow fibre MD module was tested under various 
conditions. The results show that increasing velocity and temperature are positive for flux, and salt 
rejection was more than 99% over the entire experimental range. The hollow fibre module also 
showed great variation in flux when altering the hot feed flow from the lumen side to the shell side 
of the fibre, and this phenomenon was analysed based on the characterisation of the asymmetric 
structure of the hollow fibre. The largest mass transfer resistance was determined to be in the small 
pore size skin layer on the outer surface of the membrane, and having the hot feed closest to this 
surface provided the greatest vapour pressure difference across this high resistance mass transfer 
layer.  The results also show that placing the suction pump on the permeate outlet increased the 
flux by lowering the pressure within the pore and hence increased the rate of vapour mass 
diffusion. A maximum flux of 19 Lm-2h-1 was obtained at 85˚C when hot feed was entering the 
shell side, and the mass transfer coefficient was relatively constant across the entire temperature 
range when operated at high velocities. These outcomes suggest that asymmetric hollow fibre MD 
modules should be operated with hot brine feed closest to the high resistant skin layer, and that 
vacuum enhanced MD further increases vapour transport and flux.  
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1. Introduction 
 
   Membrane distillation is a developing technique for desalination. Its driving force is a vapour 
pressure difference across a membrane, which is quite different from other membrane processes in 
which an absolute pressure difference, a concentration gradient or electrical potential gradients are 
the driving force for mass transfer. It has 100% theoretical rejection of non-volatile components and 
can utilise low grade heat sources of 40-80°C. Its flux is not sensitive to salt concentration in the 
feed, since vapour pressure is not greatly affected by the salinities found in practical water 
treatment. Thus, it is a potential commercial desalination technique if it can be combined with solar 
energy, geothermal energy or waste heat available in power stations or chemical plants. It could 
also be an effective method to reduce the volume of waste discharges or even convert a reject 
stream to a higher value concentrated liquid. Therefore, MD can be combined with conventional 
reverse osmosis processes to minimise high concentration brine discharge. 
   Figure 1 shows a tubular hollow fibre module (a) and a flat sheet module (b), which are the most 
popular configurations employed for membrane distillation. In comparison with the flat sheet 
module, the hollow fibre module has larger effective area per unit volume. 
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              a. Tubular hollow fibre module                                 b.  Flat sheet module  

Figure 1: Configurations of MD module 
 
   In the MD process, the force preventing process liquid wetting the membrane pores results from 
both the hydrophobicity of membrane material and the liquid surface tension. The lowest wetting 
pressure, the Liquid Entry Pressure (LEP) [1] can be calculated from  
 

max

cos2
r

BLEP l θγ−
=   (1) 

 
where B is a geometric factor, γl is the surface tension of the solution, θ is the contact angle between 
the solution and the membrane surface, and rmax is the largest membrane pore size. If the maximum 
pore size of membrane is 1 μm [2], the LEPs of membranes with the contact angles of 95° and 140° 
calculated from Eq. (1) are 23 and 204 kPa respectively, which would be the upper application 
pressure limits of such membranes. These calculations demonstrate the large effect that contact 
angle of the membrane has on the LEP, and subsequently on the maximum operating pressures and 
velocities in MD modules. In a commercial application, the effective membrane area will be tens or 
hundreds of times of that of laboratory scale tests, and a reasonable flow velocity needs to be 
maintained to reduce temperature polarisation [3]. Therefore, to avoid wetting, the hydrophobicity 
of membrane material and hydraulic resistance of the module with turbulence enhancing structure 
will be very important for commercial design. From Figure 1, we observe that it is easier to put 
more effective area into the hollow fibre module with less restriction than that of the flat sheet 
module, however, turbulence promoters are likely to be required to reduce temperature polarisation.  
   One of the main impediments of the hollow fibre module is its typically low flux, which is 
generally 1-4 L.m-2h-1 at 40-60°C [4-6].  This is much lower than that of the flat sheet membranes 
with fluxes of 20-30 L.m-2h-1 [7]. However, the recent renewed interest in membrane distillation has 
led to improved hollow fibre membranes and modules.  
 
1.1 Force balance analysis at pore entrance 
 
   Figure 2 shows the force balance at the entrance of pore, in which Pf and Pp are respectively the 
gauge pressure of the feed flow and permeate flow, P is the total gauge pressure in the pore, F is the 
force from surface tension, H is the water protrusion into the pore and θ’ is the angle between the 
water and membrane material. Additionally, θ’ can not be more than θ before wetting, and the 
initial P equals zero gauge pressure (atmospheric pressure).  
   In considering Figure 2, it can be speculated that the pressure in the pore will remain almost 
constant, assuming the membrane material is not compressible. When Pf and/or Pp are higher than 
zero and increasing in value relative to P, the depth of protrusion will also increase (H and θ’ will 
become greater to balance the increased liquid pressure). When either feed or permeate pressure is 
less than zero, the higher pressure in the pore will cause air to bubble into the lower pressure liquid, 



until P equals this lower pressure. Furthermore, assuming a membrane with pore size of 1 μm and 
contact angle of 150º, based on Eq. (1) the maximum protrusion H is 0.3 μm. When considering a 
typical membrane thickness of 10-50 μm, this protrusion will have a negligible effect on the air 
volume within the pore.  

 
Figure 2. Schematic of force balance in the pore  

 
1.2 Mass transfer in DCMD 
 
   Figure 3 shows the heat and mass transfer processes in direct contact membrane distillation 
(DCMD). The liquid feed and cooling flow are not in contact with each other, but are physically 
separated by the membrane and gas trapped within the pores. The feed temperature, Tf

, drops across 
the feed side boundary layer to T1, as water evaporates and is transported through the membrane and 
heat is conducted through the membrane to the permeate side. The permeate temperature, Tp, 
increases across the permeate boundary layer to T2 as the permeate flow condenses into the fresh 
water stream and gains heat from the feed side. The real driving force is therefore, the vapour 
pressure difference between T1 and T2, which is less than the vapour pressure difference between Tf 
and Tp. This phenomenon is called temperature polarisation. 
   The hydrophobic MD membrane is a porous medium. The mass transfer through such medium 
can be interpreted by three kinds of basic mechanisms: Knudsen diffusion, molecular diffusion and 
Poiseuille flow. Knudsen number (Kn) shown in Eq. (2), is used to judge the dominating 
mechanism of the mass transfer in the pore.  
 

dKn /κ=                                                                                                                                 (2) 
   
Here, κ is the mean free path of the transferred gas molecule and d is the mean pore diameter of the 
membrane. 
Table 1 shows the dominating mass transfer mechanism based on the Kn in a gas mixture system 
without a total pressure difference  [8]. 
 
Table 1 
Mass transfer mechanism in membrane pore 

 

Kn<0.01 0.01<Kn<1 Kn>1 
molecular diffusion Knudsen-molecular diffusion 

transition mechanism 
Knudsen mechanism 



 
Figure 3. Heat transfer and mass transfer through membrane 

 
   Mass transfer in the DCMD process, assuming convective heat transfer in the liquid phase, 
includes five main steps. These are: water molecules diffuse from the bulk feed into the boundary 
layer, vaporise from liquid/gas interface of the feed, pass through the membrane pores, condense at 
the liquid/gas interface of the permeate side, and diffuse into the bulk permeate. 
   The mass transfer model of membrane distillation assumes that the mass transfer rate or water 
flux is proportional to the vapour pressure difference across the membrane [9] represented in Eq. 
(3). 

)()( 21 TpTfglobalTTmembrane PPCPPCN −=−=                                                                                      (3) 
   Here, Cmembrane is the membrane mass transfer coefficient which depends only on the membrane 
properties and gas conditions within the pore, PT1 and PT2 are the vapour pressures at T1 and T2, 
respectively, Cglobal is the global mass transfer coefficient which involves both boundary layer 
effects and membrane effects. As there is an exponential relationship between temperature and 
vapour pressure, Eq. (3) predicts that permeate flux N is an exponential function of temperature. 
Cmembrane is an important parameter to assess membrane performance and depends on the 
characteristics of the membrane as given [8], 
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   Here, r is the nominal pore size of the membrane, ε is the membrane porosity, a is a coefficient in 
the range of 1 to 2, b is the membrane thickness and t is pore tortuosity.  
   However, it is difficult to determine Cmembrane experimentally, because T1 and T2 are difficult to 
measure. Thus, Cglobal is often used to assess process performance, which includes the mass transfer 
phenomena in the boundary layer. 
 
1.3 Heat transfer 
 
   The heat transfer in DCMD is combined with simultaneous mass transfers, which are in the same 
direction from the feed side to the permeate side. Assuming no heat loss through module walls, the 
total heat flux can be expressed as [4, 10, 11]: 
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where α1 and α2 are the heat transfer coefficients on hot side and cold side respectively, λ is the 
thermal conductivity of the membrane, N is the vapour flux through the membrane and Hlatent is the 
latent heat of vaporisation for water, di and do are the inner and outer diameters of the hollow fibre,  
In Eq. (5), 2λ(T1-T2)/(doln(do/di))  is the sensible heat transfer across the membrane and HlatentN is 
the latent heat transfer resulting from mass transport. The thermal conductivity λ can be calculated 
as [4, 10] 

(1 ) solid airλ ε λ ελ= − +                                                                                                                   (6) 
where λsolid and λair are thermal conductivities of air and solid respectively 
   In this paper, a high-flux asymmetrically-structured hollow fibre module was tested and its 
structure used to explain flux variations resulting from changes in MD configuration.   
 
2. Experimental methods 
 
2.1 Hollow fibre membrane and module 
 
   Table 2 lists the characteristics of the membranes as specified by the supplier and the dimension 
of the module used in the experiments. The membranes were composed of a fluorinated 
hydrocarbon. 
 
Table 2 
Nominal specifications of hollow fibre membranes 

Inner module diameter 
(mm) 

Effective length 
(m) 

Number of fibres  
 

Nominal pore size 
(μm) 

25 0.51 94 0.3 
 
2.2 Characterisation of hollow fibre membrane 
 
2.2.1 Hollow fibre membrane dimensions 
 
   The hollow fibre was frozen in liquid nitrogen and then cut to form a smooth and intact cross 
section. The inner and outer diameters were measured by taking photograph of the fibre cross 
section along side a millimetre scale reference. Measurement was taken for 5 fibre pieces and the 
mean value was used to calculate the effective area.  
 
2.2.2 Contact angle measurement   
    
   Contact angles of inner and outer surfaces were measured via surface tension effects based on 
[12], 
 

lodF γπ=   (7) 
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h
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where ρ is water density, h is the height between the water protrusion and water surface in the 
beaker and g is acceleration due to gravity. 
 



 
a. Measurement schematic for outer surface 

 
b. Force balance at interface boundary 

Figure 4. Contact angle measurement for outer surface 

  
a. Measurement schematic for inner surface b. Force balance at interface boundary 

Figure 5. Contact angle measurement for inner and outer surfaces 1 
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   Figures 4 and 5 show schematic diagrams of the measurement and force balance at the interface 3 

boundary. For the contact angle measurement of the outer surface, part of the fibre was submerged 4 

into the water and the mass changed with time recorded, allowing the mass reduction arising from 5 

surface tension effects to be determined. Assuming the evaporation rate is constant at room 6 

temperature (20˚C), the intercept of the change in mass with time (t=0 when the fibre is immersed 7 

in water) is the mass reduction resulting from the surface tension, F, which can be calculated from 8 

Eq. (7). From Figure 4b [12], it can be deduced that,  9 

 10 

θcosFm =Δ  (9) 11 

 12 

where Δm is the m13 

14 

ass difference arising from F. From this, we can obtain 
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   For the contact angle measurement of the inner surface, part of the hollow fibre was encased in a 
clear cylinder, and high vacuum grease used to seal the clearance between the fibre and the 
cylinder. The fibre was slowly submerged into the water and the height difference (h) between the 
top of the fibre and water surface recorded when water first protruded from the top of the fibre. The 
xperiments were repeated four times. According to 
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Eq. (8), the contact angle can be determined 20 
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2.2.3 Porosity measurement  3 

4 

5 

6 

7 

8 

9 

10 

 

    
   The porosity was measured by the wetting method [13]. To reduce the error, eight fibres with a 
total calculated volume of 4.2 ml (based on the mean ID and OD) were used. According to the 
wettability of the fibre material, the total unwetted fibre volume (including pore volume) and the 
total wetted fibre volume (mass volume) were measured by soaking the fibre in deionised water and 
ethanol. The porosity was calculated by 
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V
V

−= 1ε  11 
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lume and Vtotal is the total fibre volume.  13 

14 

15 

16 

17 

18 

m the BJH absorption result. To avoid polymeric material 19 

egradation during degassing, the hollow fibre was degassed at a temperature of 70˚C for 48 h. 20 

21 

.2.5 SEM ch acterisation 22 

23 

d c L30 FEG Scanning Electron 24 

embrane was fractured 25 

tact cross section.  26 

27 

28 

29 
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31 

ere 32 

e for the hot feed and the other for the cold flow. The feed velocities 33 

.24-1.7 m/s (1-7 L/min) and 0.23-0.60 m/s (4-10.4 L/min) respectively 34 

35 

36 

37 

was prepared by dissolving 38 

g.L-1). Four temperature sensors were used to measure the 39 

 cold flow sides at their respective inlets and outlets. Two 40 

41 
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44 

45 
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(12) 

 
where the Vmass is the mass vo
 
2.2.4 Pore distribution and pore size measurement 
 
   Both pore size distribution and mean pore size were measured by a BET (Micrometritics TriStar 
3000) instrument using nitrogen gas in cell immersed in boiling liquid nitrogen (77K). Pore size and 
pore size distribution were calculated fro
d
 
2 ar
 
   Surface an ross sectional structures were observed by a Philips X

icroscope (SEM) to verify the results from BET. The investigated mM
following immersion in liquid nitrogen to form an in
   

2.3 DCMD and VEDCMD Testing 
 
   Three experimental configurations were used in the experiments. Figure 6 shows a schematic 
diagram of Setup I, in which the hot feed passed through the lumen side of the hollow fibres and the 
old flow passed through the shell side (outside the lumen) of the module. Velocities wc

controlled by two pumps, on
ere varied in the range of 0w

in Setup I and II. The feed temperature was controlled by a digitally controlled heater and was 
varied in the range of 30-90°C. A digitally controlled refrigerated water bath was used to control the 
temperature of the cold flow so that it could be recirculated at constant temperature. The 

mperature for the cold stream inlet was set at 20°C. The brine feed te
100 g NaCl in 10 L water (10 
emperatures of the hot brine andt

pressures sensors were placed upstream of the hot feed and permeate entrances to monitor the 
pressure of each side. A conductivity meter in the product reservoir was used to monitor changes 
which were used to calculate salt rejection. Flux was determined by measuring the weight of the 
product reservoir over time and was calculated based on the outside membrane area. All flux results 
presented were measured based on the outer surface area over a period of 3 to 8 hours and variation 
in flux over this time was ±5%. 
   The two variations of Setup I included swapping the flow paths of the hot feed flow and the cold 



flow (Setup II; hot feed through the shell side and cold flow through the lumen), and moving the 
cold flow pump downstream to draw the cold flow through the module (Setup III; hot feed through 
the lumen and cold flow through the shell side). 
   Although no noticeable flux decay was found in these experiments, after every series of 
experiments, the membrane was cleaned by fully wetting with ethanol and soaking in 0.1 mol/L 
HCl solution for 3-10 min.  
 

1 

2 

3 

4 

5 

6 

7 

 8 
Figure 6. Schematic diagram of the experimental setup 9 

 10 

 11 

3. Results  12 

 13 

3.1 Membrane properties  14 

 15 

Table 3 lists the measured and calculated properties of the membrane.  16 

 17 

Table 3  18 

Measured and calculated properties of membrane 19 
Mean fibre diameter 

(mm) Mem
Mean effective area gle Mean porosity 

(%) 
brane thickness 

(mm ) 
(m2/module) Mean pore size 

(μm) 

Surface contact an

Inner Outer Outer Inner Outer Inner 

0.94 1.67 0.73 0.15 0.24 0.33 126±3˚ 94±2˚ 81.0 

 
 The mem

20 
brane was less hydrophobic than Teflon membranes [14] based on the measured contact 21 

size acquired from BET was similar to the provided data in Table 2.  22 

hich was higher than that of polypropylene hollow 23 

other applications [15, 16], 24 

wer than MD polyvinylidene fluoride (PVDF) MD membrane (~85% porosity) [17, 18], and 25 

 the reported (PVDF) MD membrane loaded with 30% polytetrafluoroethylene (PTFE) 26 

27 

   e SEM images show the structure of principal and skin layers. The inner and outer 28 

surface structures a ages , in which it can be s29 

sm er he inner ace. Ima  sh he structures of the cross s30 

fi whic nsists of a gh porou ncip yer (7d) and a smo nse skin layer with tiny 31 

ores (7e). From SEM image 7c, we estimated the skin layer to be 5 μm thick, which represents 32 

33 

  
angle, while the mean pore 
 The porosity of the hollow fibre was 81%, w  

fibre membrane (75% porosity) used for membrane distillation and 
lo
similar to
[18].   

In Figure 7, th
re shown in im 7a and 7b een that the outer surface is 

ooth than t  surf ge 7c ows t ection of the hollow 
bre, h co  rou s pri al la oth de

p
only 0.7% of the total membrane thickness (Table 3). In comparison with a symmetric membrane, 



this asymmetric structure (skin layer with a smooth surface and tiny pores) can reduce the risk of 1 
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8. There are two peaks in the figure; one appears where the pore size is smaller than 0.002 6 
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. Cross section of principal layer                         e. Cross section of outer skin layer 44 

Figure 7. SEM images of the hollow fibre 45 

 46 

wetting, i.e. large molecule will not pass through the pores and cause wetting of the membrane, and 
it also can improve antifouling effect [19, 20] and thereby improve the performance performance 
[5]. 
   The BJH adsorption pore size distribution measure in range of 0.0017-0.3 μm is presented in 
Figure 
μm and the other appears where the pore size is larger than 0.16 μm, corresponding to results found 
in the SEM image 7c. 
 
          
 
 
 
 
 
 
 
 
a. Inner surface of the hollow fibre membrane     b. Outer surface of the hollow fibre membrane 
 
 
 
 
 
 
 
 
 
 
 
c. Cross section of the hollow fibre 
 
  
 
 
 
 
 
 
 
 
 
 
d



  1 
Figure 8. BJH membrane pore size distribution  2 

 3 

3.2 Experimental results 4 

 5 

3.2.1 Fluxes and global mass transfer coefficients at different velocities  6 

 7 

   Variation of fluxes with velocities for Setup I and II are shown in Figure 9. In the experiments, 8 

inlet temperatures of the cold and hot sides were kept constant and controlled at 20°C and 60°C 9 

respectively. The volumet al, and the feed flowrate 10 

as varied in the range of 1-2.7 L/min (0.24-0.64 m/s) and 4-10.4 L/min (0.23-0.60 m/s) in Setup I 11 

 the velocity was increased, both the thermal and hydrodynamic boundary 12 

yers were thinned and temperature polarisation reduced because of greater turbulence [3]. As a 13 

nd 80% for Setup II (from 14 

.9 to 8.8 L.m h ). However, the increased velocity also reduced the residence time of the streams 15 

16 

17 

18 

19 

20 

21 

ric flowrate on the hot and cold sides were identic
w
and II respectively. When
la
result, the flux increased by 73% (from 1.5 to 2.6 L.m-2h-1) for Setup I a

-2 -14
in the module. Therefore, the temperature difference between the hot brine and permeate streams 
also rose, because of the shortened mass and heat exchange time for a given volume of feed. Thus, 
the increased flux not only occurred from thinned boundary layers, but also from the increased 
temperature difference across the membrane. To assess the influence of increased turbulence more 
precisely, a global mass transfer coefficient, Cglobal, shown in Figure 9 was calculated using Eq. (3). 
The ∆Pavg was calculated from   

 
( ) ( )

ln[( ) / ( )]
fi po fo pi

avg
fi po fo pi

P P P P
P

P P P P
− − −

Δ =
− −

                                                                                           (13) 

where Pfi, Pfo, Ppi and Ppo are the vapour pressures respectively at inlet and outlet temperatures of 
the hot side and cold side.  
   In Figure 9, both flux and global mass transfer coefficient curves show similar trends and become 
flatter at higher velocities. A similar asymptotic trend of permeate flux with increasing flow rates 
was reported previously [21, 22]. However, the global mass transfer coefficient increased by 53% 
(Setup I) an

22 

23 

24 

25 

26 

27 

d 58% (Setup II) with increasing velocity, which is less than the percentage increase of 28 

ere 29 

only 4% (Setup I) and 1.3% (Setup II) increases of global mass transfer coefficient, compared with 30 

flux. In the higher velocity range, e.g. when velocity increased from 0.50 to 0.65 m/s, there w



12.8% (Setup I) and 3.2% (Setup II) flux increase over the entire range of velocities. Therefore, at 
high velocities (the flattene

1 

d part of the flux vs velocity curve), the increased flux resulted largely 2 

3 

4 

5 

6 

from the greater temperature difference across the membrane rather than that from greater 
turbulence, because the mass transfer coefficient, which accounts for temperature changes in bulk 
liquid, was close to constant. This is consistent with the boundary layer thickness being less 
sensitive to flow velocity at high velocities [23].  
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Figure 9 Influence of velocity on flux and global mass transfer coefficient (Feed temperature 60˚C 8 

permeate temperature 20˚C) 9 

 10 

    11 

3.2.2 Temperature influence on membrane flux  12 

 13 

   The fluxes as a function of hot side inlet temperatures (29-90°C) for Setup I and II are shown in 14 

Figure 10. The cold side inlet temperature was set at 20°C. The feed velocity was selected in the15 

16 

 (7 L/min) for Setup I and 0.4 m/s (7 L/min) for Setup II. Fluxes for 17 

oth setups showed an exponential relationship with the temperature, consistent with the increase in 18 

our pressure with temperature. Setup II had higher flux than that of Setup I for all temperatures 19 

est flux of  19.2 L.m-2h-1 was observed at 86°C for 20 

etup II. 21 

22 

23 

24 

25 

26 

27 

 
flattened part of the curves in Figure 9 to reduce the effect of the boundary layer on flux and 
remained constant at 1.7 m/s
b
vap
across the entire temperature range, and the high
S
   The global mass transfer coefficient shown in Figure 10 decreased slightly when the temperature 
rose, suggesting increased polarisation at higher temperatures [24]. 
    However, the variation of global mass transfer coefficient with temperature is not as great as its 
variation with velocity. The global mass transfer coefficient varied around the average by -12% to 
11% in Setup I and by -7% to 5% in Setup II at different temperatures, while for different velocities 
it is varied between -44% to 26% in Setup I and between -70% to 38% in Setup II.  
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Figure 10 Flux and global mass transfer coefficient affected by temperature (Setup I - Feed velocity 2 

1.7 m/s, Setup II - Feed velocity 0.4 m/s)  3 

 4 

3.2.3 Flux variation with enhanced vacuum on the cold side 5 

 6 

7 

ure on flux. To avoid damaging the membrane under 8 

onditions of reduced pressure, the cold flow was put under negative pressure from the shell side. 9 

d in Setup I. The hot feed velocity was 10 

ept constant at 1.7 m/s (7 L/min), cold permeate velocity was varied in the range of 0.1-0.35 m/s 11 

12 

13 

14 
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19 

   Vacuum enhanced direct contact membrane distillation (VEDCMD) employed in Setup III was 
used to test the effect of negative press
c
For comparison purposes, the experiment was also conducte
k
(1.6-2.3 L/min), and inlet temperatures on the hot and cold sides were set at 60 and 20°C, 
respectively. Figure 11 shows the effect of cold side velocity on global mass transfer coefficient and 
cold side pressure in both Setup I and III. With increasing cold stream velocity, the global mass 
transfer coefficient from Setup I increased initially, reached a maximum value at a feed velocity of 
0.23 m/s, and then decreased. However, the global mass transfer coefficient obtained from Setup III 
increased with increasing velocity (lowered negative pressure) over the entire test range, and the 
slope reduced at higher vacuum pressures. 
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Figure 11.Vacuum enhanced membrane distillation (feed on lumen side, feed temperature 60˚C, 
permeate temperature 20˚C)   
    
3.2.4 Feed pressure and salt rejection 
 
   Salt rejection in all experiments was higher than 99% and did not change appreciably with the 
velocity and temperature, which may be attributed to the large ID and the small pore size of the 
hollow fibre membrane. In Figure 12, the relation between the inlet pressures on both sides of the 
membrane and the flow velocity is presented. Even when the linear velocity on the lumen side was 
as high as 2.5 m/s (10 L/min), the inlet pressure was only 90 kPa. This is still lower than the LEP of 
a membrane with a maximum pore size of 1.7 μm calculated from Eq. (1), assuming B equals 1, γl is 
the surface tension at 60˚C, and θ is the contact angle (126˚±3) of the inside surface. 
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Figure 12 Relationship between inlet pressure and velocity (Setup I and II) 
 
4.  Discussion 
 
   For estimating purposes, the assumed parameters based on the BJH analytical results are listed in 
Table 4. 
 
Table 4  
Assumed parameters of the hollow fibre layers 

t 

Cumulative pore volumes (cm3/g ) Pore size (μm) Thickness 
(μm) 

Skin layer 
(1.7≤D≤ 1.9 nm) 

Principle layer 
(0.15≤D≥0.23 μm) 

Skin layer Principle  layer Skin layer Principle layer

1 0.0004 0.04 0.0018 0.33 5 725 
 11 

12    In Table 4, the pore size of the skin layer was calculated from 
4 /skin skinr V A=  (14) 13 

14 where Askin is the cumulative pore surface area for pores in size ranges of the skin layer. 
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Figure 13 Schematic of the membrane structure and temperature distribution 
   Figure 13 shows a schematic diagram of the membrane structure, which consists of a thin skin 
layer and a thick principle layer. Here, T1’ is the interface temperature between the skin layer and 
the stream it is contacted with, T’ is the temperature between the skin layer and principle layer, and 
T2’ is the interface temperature between the principle layer and the stream it is contacted with. 
 
4.1 Vacuum enhanced membrane distillation 
 
   The observation of global mass transfer coefficient increasing with the decreasing pressure on 
permeate were also found in [25-27] and can be explained by the diffusion theory. Under the 
experimental conditions, the pore sizes of the principle layer and skin layer are estimated as 0.33 
and 0.0018 µm and the mean free path of water vapour is 0.11 µm at feed temperature of 60°C [2], 
Kn calculated from Eq. (2) is 0.33 in the principle layer and 61 in the skin layer. Thus, in this 
experiment, the transport of water vapour through the principle layer can be interpreted by the 
Knudsen-molecular diffusion transition mechanism and the Knudsen mechanism in the skin layer 
[2, 28], and the flux can be described by:  

8 1
3 2kN r

b t RMT
ε

π
=

⋅
PΔ18                                                                                                  (15) 

1
1

AB
m

A

DN
x b tRT

Pε
=

− ⋅
Δ19 

20 

 (16) 

Because diffusivity in the pores can be described by: 

P
TDAB

072.2510895.1 −×
=  (17) 21 

22 and assuming it is an ideal gas mixture, 

P
Px A

A =  (18) 23 

24 We derived,  
5 1.0721.895 10

( )m
A

TN
b tR P P

ε−×
=

⋅ −
PΔ25 

26 

27 

28 

29 

                                                                                             (19) 

where Nk and Nm are fluxes contributed respectively by Knudsen and molecule diffusion transition 
mechanisms, R is universal gas constant, T is mean temperature in the pore, M is the molecular 
weight of water, ΔP is pressure difference across the membrane layer, xA and PA are mole fraction 
and partial pressure of water vapour in the pore and DAB is the diffusivity of water vapour (A) 
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   As depicted in Figure 2, when the permeate pressure is lower than the total pressure in the pore, 
the air in the pore will bubble out until the pressures in the pore and the low pressure side are again 
balanced. Therefore, if the permeate pressure decreases, the total pressure in the pore will decrease. 
From Eqs. (15)-(19), we find that Nk is a function of temperature and vapour pressure, and Nm is a 
function of temperature, vapour pressure and total pressure in the pore. Because the vapour pressure 
will only change with temperature under the experimental pressures shown in Figure 12, Nk will not 
be affected by the pressure decrease on the permeate side. However, Nm as represented in Eq. (19) 
will increase as the total pressure in the pore reduces with decreasing permeate pressure. Thus, in 
VEDCMD, the increase of global mass transfer results from a faster molecular transfer mechanism 
under lower pore pressure.  
 
4.2 Influence of asymmetric structure of hollow fibre membrane on flux 
 
4.2.1 Mass transfer resistance analysis 
 
   The experimental results show that the flux of the hollow fibre module was not only affected by 
the temperature, velocity and negative pressure as generally accepted for membrane distillation [7], 
but also by the channel that the hot feed flowed through. This is seen in Figure 9, where flux from 
Setup II is nearly four times of that from Setup I under the same temperature and velocity 
conditions. In Figure 10, Setup II produced more than twice the flux of that from Setup I at the 
same temperature, although temperature polarisation of the hot feed in Setup I was theoretically less 
than that in Setup II (much higher velocity in Setup I than that in Setup II). Therefore, the reason for 
this phenomenon can be explained by the asymmetrical structure of the hollow fibre. According to 
[29], the resistance of composite membranes can be represented by: 
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where Rmembrane, Rskin and Rprinciple are the resistance of membrane, skin layer and principle layer, 
Cskin and Cprinciple are the mass transfer coefficients of skin layer and principle layer, dso and dsi are 
the outer and inner diameters of the skin layer, dpo and dpi are the outer and inner diameter of the 
principle layers, and Vskin and Vprinciple are cumulative pore volumes of pore size ranges respectively 
in skin layer and principle layer. 
 
4.2.2 Heat transfer resistance analysis 
 
   Based on the data listed in Table 4 and using Eq. (21), it can be estimated that the resistance of the 
skin layer is about 1-140 times that of principle layer, depending on the value of a.  
   According to Eq. (5), the heat transfer can be represented, 

1

22 ( ' ')
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where dso (1670 μm) ≈dpo (1665 μm) 
So, 
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Assuming the skin layer and principle layer are prepared from the same material, based on Eq. (6) 
and the parameters of each layer are: 
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   In this study, depending upon the velocities, the average ΔT between the hot side and cold side 
was 29-35˚C at cold and hot inlet temperatures of 20 and 60˚C respectively. The largest temperature 
difference was 52˚C at cold and hot inlet temperatures of 20 and 86˚C with a feed flow velocity of 
0.4 m/s. Therefore, the theoretical maximum temperature difference across the skin layer is less 
than 0.28˚C. Figure 14 represents the vapour pressure difference across the skin at a temperature 
difference of 0.28˚C (T1’<T’), in which the vapour pressure is given by Antoine equation [30, 31]. 
From this figure, we find that the vapour pressure difference across the skin layer at T1’=60˚C is 6.2 
times of that at T1’=20˚C, compared with a flux reduction of 6.2% from the contribution of Knudsen 
diffusion coefficient (Eq. 15) in skin layer when T1’ increased from 20 to 60˚C. Thus, if the skin 
layer contacts the cold permeate, the vapour pressure across the skin layer will be much smaller 
than that when contacting the hot feed. Because the skin layer has greater resistance than the 
principle layer, the temperature of the stream contacted with the skin layer will directly affect the 
flux of the membrane.  

 23 
24 Figure 14 Vapour pressure difference across skin layer at different temperatures (ΔT=0.28˚C)  



   Based on this theory, the bow shaped global mass transfer curve of Setup I in Figure 11 can also 
be explained. In these experiments, increased velocities reduced both the boundary layer thickness 
and the surface temperature of the skin layer. At lower velocities (<0.22 m/s), where the boundary 
layer on cold side is still an important mass transfer barrier, the flux will increase with the thinning 
of the boundary layer. However, at higher velocities (>0.22 m/s), the resistance of the boundary 
layer will not change significantly with the increasing velocity and lowering the temperature of the 
skin layer will reduce the driving force across the skin layer causing a decrease in flux. 
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   In comparison, it was also observed that the gradient of Setup III (Figure 11) started to stabilise at 
velocities higher than 0.22 m/s. In this region, the global mass transfer coefficient increased linearly 
with velocity in Setup III, while the mass transfer coefficient for Setup I decreased at these 
velocities. The increase in mass transfer coefficient for Setup III, maybe due to the effect of 
increasing negative pressure in permeate stream overriding the lower skin temperature. 
   The greatest flux should be achieved when the hot feed is closest to the high mass transfer 
resistance skin layer and permeate has negative pressure, but this was not attempted because of 
concerns regarding the collapse of the membrane when under negative pressure on the lumen side.  
   The analysis also showed the mass transfer coefficient to be a better parameter than flux for 
comparison of MD membranes, as it was less sensitive to the effect of variations in operating 
temperatures and is therefore more dependent upon material properties. 
 
5. Conclusions 
 
   The performance of asymmetric hollow fibre membranes in DCMD was assessed based on the 
variation of temperatures, flow velocities, stream configuration and the degree of cold side vacuum 
pressure in the hollow fibre module. Flux was calculated based on the outside surface area of the 
hollow fibre membrane, irrespective of the direction of permeate transport as the skin layer had 
greater influence on mass transfer. 
   The membrane showed different performances when the hot feed passed through different sides 
(lumen and shell sides) of the membrane. In this study, the highest flux was 19.2 L.m-2h-1, when the 
feed flowed through the shell side with a velocity of 0.4 m/s and the inlet temperatures on the cold 
side and hot side were 20°C and 86°C respectively (without vacuum pressure on the permeate side). 
The variation in performance can be attributed to the asymmetric structure of the membrane, and 
the exponential relationship of vapour pressure to temperature. 
    Mass transfer coefficients were calculated to evaluate the performance of the process under 
different conditions. The use of the mass transfer coefficient removes the temperature dependence 
of the flux measurements, and so provides a means to study the polarisation effects. This was 
confirmed by the experimental results which showed that the mass transfer coefficient at high 
velocities remained approximately constant as the hot feed temperature increased from 30 to 86˚C. 
Therefore, the mass transfer coefficient is a better parameter than flux for comparison of MD 
membranes, as it is less sensitive to the effect of variations in operating temperatures and is 
therefore more dependent upon material properties. 
   Negative gauge pressure on the cold side boosted the flux by reducing the pressure within the 
pores and thereby increasing the rate of mass transfer through the pores. However, the rate of 
increase in flux reduced at higher vacuum pressures indicating that there is a diminishing return for 
flux at higher negative pressures beyond -12 kPa (feed velocity>0.22 m/s), due to the skin layer 
effect.  
   The results show salt rejections higher than 99% can be achieved even at very high volume feed 
velocities, due to the large ID of the hollow fibre membrane.  
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Nomenclature 
 
a exponent coefficient of r
A membrane area 
Askin the cumulative pore surface area of the pore size ranges in skin layer 
α1, α2                      heat transfer coefficient on hot side and cold side
B                      geometric factor 
b                       membrane thickness 
Cmembrane                   membrane mass transfer coefficient
Cskin, Cprinciple   the mass transfer coefficients of skin layer and principle layer
d                           the mean pore diameter of the membrane
do, di                outer and inner diameters of the hollow fibre membrane
DAB                 the diffusivity of water vapour (A) relative to air (B)
ε             membrane porosity 
F force from surface tension
g                         acceleration due to gravity
h    height between the water protrusion and water surface in the beaker 
H         water protrusion into the pore
Hlatent     latent heat of water vaporisation
κ    the mean free path of the transferred gas molecule 
λ            thermal conductivity 
λair  and λsolid   air thermal conductivity  and solid thermal conductivity
Δm    the mass difference 
 M  the molecular weight of water 
Nk, Nm fluxes contributed by Knudsen and molecule diffusion transition mechanisms 
N           vapour flux 
P         total gauge pressure in the pore
PA    partial pressure in the pore
Pf,, Pp   gauge pressure of the feed flow and permeate flow
Pgas        gas phase pressure in pores
Pliquid       pressure of the process liquid
PT1, PT2   vapour pressure at T1 and T2

Pfi, Pfo      vapour pressures at inlet and outlet temperatures of the hot side
Ppi, Ppo   vapour pressures at inlet and outlet temperatures of cold side
ρ            water density 
Qf          feed mass flowrate 
rmax        the largest pore size of membrane
r  nominal pore size of membrane
R     universal gas constant
Rmembrane, Rskin, Rprinciple   resistance of membrane, skin layer and principle layer
θ           contact angle between the solution and the membrane surface



 θ’         angle between the water and membrane material
t              pore tortuosity 
T   mean temperature in the pore
Tp, Tf      permeate and feed bulk temperatures
Tfi,Tfo     feed inlet and outlet temperatures  
T1, T2     feed and permeate temperatures at liquid-vapour interface
T’   temperature between the skin layer and principle layer
 T1’  and T2’ interface temperatures of the pore on on the skin layer side and principle layer side
Vmass   mass volume 
Vskin, Vprinciple  cumulative pore volumes of pore size ranges in skin layer and principle layer. 
 Vtotal  total fibre volume 
 xA  mole fraction of water vapour in the pore
γl    surface tension of the solution
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